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ABSTRACT

A fundamental  analysis  of  production of  ethanol  from
southern red oak ( Q u e r c u s  f a l c a t a )  resulted in recommenda-
t ions  for  a  process  tha t  i s  t echnica l ly  ready  for  commerc ia l
e x p l o i t a t i o n , but  some equipment test ing and evaluation are
n e c e s s a r y  f i r s t . S u c h  e v a l u a t i o n  i s  t h e  o b j e c t i v e  o f  p i l o t
test ing now underway at  the National  Fert i l izer  Development
Labora tory  o f  the  Tennessee  Va l ley  Author i ty . D a t a  f o r
hemice l lu lose  and  ce l lu lose  hydro lys i s  were  corre la ted  us ing
models  for  developing and evaluating the process design.
Coproducts  originating from the hemicel luloses were assumed
t o  b e  a n i m a l - f e e d  m o l a s s e s ,  f u r f u r a l ,  a n d  a c e t i c  a c i d .  T h e
potent ia l  for  the  process  could  be  s ign i f i cant ly  improved
through  ut i l i za t ion  o f  the  pentose  sugars ,  which  might  be
rea l ized  by  fe rmenta t ion  to  e thanol . I t  was found that  the
bes t  ex i s t ing  des ign  for  us ing  the  hydro lysa te  o f  the  second
s tage  i s  one  in  which  a l l  products  o ther  than  g lucose  a re
concentrated and burned. The  l ign in  res idue  could  a l so  be
burned  as  fue l ,  but  the  process  hea t  requi rements  are  about
50% grea ter  than  could  be  suppl ied  by  the  l ign in .  Advan-
tages  o f  the  two-s tage  process  inc lude  h igh  concentra t ion  o f
product  solutions and somewhat reduced capital  requirements
compared  to  the  perco la t ion  process ,  but  these  advantages
are  o f f se t  to  some extent  by  h igher  y ie lds  f rom the
p e r c o l a t i o n  p r o c e s s .

I n : Klass ,  Donald ,  ed . Energy from biomass
and wastes  X .  Chicago :  Ins t i tu te  o f  Gas
Technology;  1987: 9 2 7 - 9 4 7 .
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INVESTIGATION OF FUNDAMENTALS OF TWO-STAGE,
DILUTE SULFURIC ACID HYDROLYSIS OF WOOD

INTRODUCTION

In 1980 the Forest  Products  Laboratory undertook
s e l e c t i n g ,  d e s c r i b i n g , and improving the most promising
process  for  conver t ing  wood to  a l cohol  commerc ia l ly  for  the
1985-87 t ime frame. We developed a process which we think
is  su i tab le ,  but  some equipment  t es t ing  and  eva luat ion  are
necessary  be fore  the  expense  o f  a  commerc ia l  p lant  i s  jus t i -
f i a b l e . S u c h  e v a l u a t i o n  i s  t h e  o b j e c t  o f  p i l o t  t e s t i n g  b y
the  Tennessee  Va l ley  Author i ty  a t  the  Nat iona l  Fer t i l i zer
Development Laboratory, Muscle Shoals, Alabama.

The  process ,  in i t s  s i m p l e s t  o u t l i n e ,  i s  s h o w n  i n
Figure  1 . Wood chips, impregnated  wi th  a  d i lu te  su l fur i c
a c i d  s o l u t i o n  a n d  d r a i n e d  o f  a l l  i n t e r s t i t i a l  l i q u i d ,  a r e
c h a r g e d  t o  t h e  f i r s t  s t a g e . Here they are heated with
d i r e c t  s t e a m , resu l t ing  in  the  hydro lys i s  o f  most  o f  the
h e m i c e l l u l o s e s , and then discharged to washers . Af ter  be ing
w a s h e d  f r e e  o f  t h e  m a t e r i a l  s o l u b i l i z e d  i n  t h e  f i r s t  s t a g e ,
the  l ignoce l lu lose  i s  re impregnated  wi th  ac id  and  charged
to  the  second  s tage . A s  w i t h  t h e  f i r s t  s t a g e ,  t h e  l i q u i d
content  of  the second-stage charge is  kept  to a  minimum.
C o n d i t i o n s  h e r e  a r e  s u f f i c i e n t  t o  h y d r o l y z e  t h e  r e s i s t a n t
c e l l u l o s e . The  resu l t ing  mix ture  i s  d i scharged  to  washers
where  the  g lucose  so lut ion  i s  separa ted  f rom the  l ign in
r e s i d u e .

F igure  1 . S imple  schemat ic  o f  the  two-s tage  hydro lys i s
p r o c e s s . (ML84 5484)

The  ma jor  process  e lements  are  the  f i r s t - s tage  pre -
h y d r o l y s i s  a n d  s e c o n d - s t a g e  h y d r o l y s i s .  T h e  p r i n c i p a l
emphas i s  i s  p laced  on  the  prehydro lys i s  because  th i s  proc -
e s s  h a s  g e n e r a l  a p p l i c a t i o n . Prehydro lys i s  s tudies  were
extended  to  the  po in t  o f  s imula t ing  indust r ia l  condi t ions
in a small  digester ,  whereas experimental  work on the
s e c o n d - s t a g e  h y d r o l y s i s  w a s  r e s t r i c t e d  t o  l a b o r a t o r y  s c a l e .
S ince  no  representa t ive  hydro lys i s  so lu t ions  were  ava i lab le
f rom the  l ignoce l lu lose  hydro lys i s ,  no  fe rmenta t ion  s tudies
were  per formed wi th  l ignoce l lu lose .
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FIRST STAGE (PREHYDROLYSIS)

Hemicellulose Removal

Xylan Removal. The removal of xylan from a hardwood
prehydro lyzed  under  condi t ions  o f  cons tant  t empera ture ,
a c i d i t y ,  a n d  l i q u i d - t o - s o l i d  r a t i o  ( L / S )  c a n  b e s t  b e
descr ibed  by  a  typica l  curve  on  a  semi logar i thmic  p lo t
( F i g .  2 ) . T h e  f i r s t  p o r t i o n  o f  t h e  c u r v e ,  t o  a b o u t  t h e
p o i n t  o f  6 0 %  r e m o v a l ,  i s  q u i t e  l i n e a r ;  t h e  s l o p e  i s  e s s e n -
t i a l l y  c o n s t a n t . T h e r e a f t e r , the  removal  ra te  cont inuous ly
decreases unti l  i t  reaches a  minimum value equal  to the
h y d r o l y s i s  r a t e  o f  c e l l u l o s e  a t  t h e  p a r t i c u l a r  c o n d i t i o n s
employed. This  i s  deduced  f rom the  fac t  tha t ,  on  pro longed
p r e h y d r o l y s i s , the composit ion of  the carbohydrate remaining
in  the  res idue  reaches  a  cons tant  va lue  (4 )  ind ica t ing  tha t
a  s m a l l  p o r t i o n  ( l - 2 % )  o f  t h e  x y l a n  i s  i n t i m a t e l y  a s s o c i a t e d
w i t h  t h e  r e s i s t a n t  c e l l u l o s e .

F igure  2 . Xylan removal  during prehydrolysis . Curves (1)
and (2)  are l inear components  of  the xylan removal  curve.
(ML84 5478)

Reasons  for  the  reduct ion  in  removal  ra te  a f te r  50 -60%
of the xylan is removed are unknown. N e i t h e r  t h e  p o s i t i o n
nor  assoc ia ted  s lopes  o f  po in ts  on  the  la te r  por t ion  o f  the
curve  in  F igure  2  can  be  predic ted . C o n s e q u e n t l y ,  i t  i s
necessary  to  co l lec t  exper imenta l  da ta  in  the  reg ion  o f
i n t e r e s t . This  region for  a  prehydrolysis  aimed at  maximum
xylose recovery is  between 90 and 95% xylan removal . I t  i s
convenient  to  have  an  ana ly t i ca l  express ion  for  the  xy lan
removal  curve. The removal curve is assumed to be the sum
of  two  func t ions ,  each  l inear  on  a  semi logar i thmic  p lo t :

XR = xylan remaining in residue,  % of  original

( 1 )

where t  = t ime.

S ince  the  p lo t  i s  presented  as  percentage  removal ,  a t
t = 0
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s o  t h a t :

( 3 )

An experimental  data set  can be used with equation (3)  to
o b t a i n  t h e  v a l u e s  o f  AO ,  kl,  a n d  k2  f o r  t h e  b e s t  f i t .
These  va lues  subs t i tu ted  in to  equat ion  (1 )  y ie ld  the  des i red
a n a l y t i c a l  e x p r e s s i o n . One should not  be tempted to attach
a n y  f u n d a m e n t a l  s i g n i f i c a n c e  t o  t h i s  c o r r e l a t i o n . I t  i s
readi ly  apparent  f rom F igure  2  tha t  the  va lues  o f  the  param-
eters  wi l l  depend on  the  par t i cu lar  range  in  which  the  data
w e r e  c o l l e c t e d .

I t  has  been assumed in the above discussion that  the
curve of  Figure 2  was obtained under constant  condit ions of

t e m p e r a t u r e ,  L / S ,  a n d  c a t a l y t i c  a c i d  a c t i v i t y  [ H+ ] ,  the
independent  var iab les  tha t  de termine  the  removal  ra te . The
ef fec t  o f  minor  changes  in  the  independent  var iab les  on  the
xylan removal  curve can be approximated. This  is  done by
assuming the L/S to have no effect , a n d  kl a n d  k2 t o  b e  p r o -
por t ionate ly  a f fec ted  by  the  change  in  ac id i ty  and  tempera-
t u r e . T h i s  w i l l  b e  v a l i d  o v e r  a  v e r y  l i m i t e d  r a n g e .  I n
genera l ,  exper imenta l  removal  ra te  data  must  be  co l lec ted
for  the  par t i cu lar  wood sample  a t  the  tempera tures ,  ac id i -
t i e s , a n d  t i m e s  o f  i n t e r e s t . These data would be expected
to  corre la te  wi th  the  independent  var iab les ,  L/S ,  t empera-
t u r e , a n d  c a t a l y t i c  a c i d  a c t i v i t y .

Glucan Removal. The hemicel lulose portion of  wood
c o n t a i n s , in  addi t ion  to  xy lan ,  o ther  carbohydra te  mater ia l s
such as  galactoglucomannan and arbinogalactan. These are
hydrolyzed and removed during prehydrolysis in a manner
s imi lar  to  the  removal  o f  xy lan . T h e  r e s u l t i n g  s u g a r s - -
g lucose ,  mannose ,  a rab inose ,  and  ga lac tose - - form a  s izab le
por t ion  o f  the  to ta l  carbohydrate  content  o f  the  prehydro ly -
sate even in the case of  southern red oak where xylose is
predominant. Rather,  more glucose appears in the hydroly-
sate  than could have originated from galactoglucomannan.
Although there is  probably some amorphous glucan associated
wi th  the  hemice l lu loses  (10 ) ,  mos t  o f  the  addi t iona l  g lucose
m u s t  o r i g i n a t e  f r o m  t h e  c e l l u l o s e  f r a c t i o n . T y p i c a l l y ,
c e l l u l o s e  h y d r o l y s i s  i n d i c a t e s  t h a t  c e l l u l o s e  h a s  a n  e a s i l y
hydrolyzable component that  is  removed at  a  rate  comparable
t o  t h a t  o f  h e m i c e l l u l o s e  ( 9 ) . I t  i s  t h i s  e a s i l y  h y d r o l y z -
ab le  component  o f  the  ce l lu lose  tha t  was  so lub i l i zed  dur ing
p r e h y d r o l y s i s .

Xy lose  and  Fur fura l  Y ie lds

From previous work, i t  was concluded that  xylose
yields in excess of  80% would be obtained from red oak,  and
that  increas ing  tempera ture  o f  xy lose  and  ac id i ty  both  tend
to increase maximum yields.

In this  work,  data on both residues and hydrolysates
were  obta ined  for  a  var ie ty  o f  hydro lys i s  condi t ions  wi th
southern red oak using ampoules,  a  technique described by
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s p r i n g e r  ( 1 2 , 1 3 ) . T h e  c a l c u l a t e d  x y l o s e  y i e l d s  w e r e  a l l  i n
excess  o f  80%;  they  indica ted  a  modes t  increase  wi th  in -
c reas ing  tempera ture  but  a  s l ight  decrease  wi th  increas ing
a c i d . Measured values were,  with one exception,  somewhat
grea ter  than  the  ca l cu la ted  va lues ;  th i s  may  have  resu l ted
from the  protec t ion  a f forded  by  the  presence  o f  o l igomers .
The experimental  yields indicate that  the maximum yields
increase  wi th  increas ing  ac id  s t rength  and  tempera ture .

The above data support the conclusion that maximum
xylose  y ie lds  increase  wi th  increas ing  temperature  but  are
i n c o n s i s t e n t  a s  t o  t h e  e f f e c t  o f  v a r y i n g  t h e  a c i d  c a t a l y s t
c o n c e n t r a t i o n .

The  amount  o f  fur fura l  formed in  the  prehydro lys i s  i s
s i g n i f i c a n t . The xylose degradation can r ise  to  as  much as
15% at  the point  of  maximum yield.  A model  for  the complex
group o f  reac t ions  assoc ia ted  wi th  the  decompos i t ion  o f
x y l o s e  i s :

An important point that can be deduced from the above
mechanism i s  tha t  fur fura l  i s  produced  in  h igh  y ie lds  dur ing
p r e h y d r o l y s i s . I n  t h e  e a r l y  s t a g e s  o f  t h e  r e a c t i o n ,  t h e
c o n c e n t r a t i o n  o f  f u r f u r a l  i s  l o w ,  a n d  i t s  l o s s  r a t e  i s  l o w
s ince  th i s  depends  on  the  fur fura l  concent ra t ion . The  y ie ld
of  fur fura l  based  on  xy lose  reac ted  i s  h igh ,  beg inning  a t
100%, and decreases as  the amount of  xylose reacted
i n c r e a s e s .

Steaming Acid-Impregnated Chips

Studies  on  the  d i rec t  s team prehydro lys i s  o f  ac id-
impregnated  ch ips  have  been  carr ied  out  in  a  smal l  j acke ted
d i g e s t e r .

Condi t ions  in  the  labora tory  d iges ter  a re  in tended  to
s i m u l a t e , a s  n e a r l y  a s  p o s s i b l e , t h e  c o n d i t i o n s  i n  a  c o n -
t inuous  d iges ter  wi th  d i rec t  s team heat ing . Mois t  ac id -
impregnated chips are heated to the desired temperature
wi th  sa tura ted  s team. Some o f  the  resu l t ing  condensate  i s
perhaps absorbed by the chips, and some flows down over the
chips below. The movement and location of  l iquid in the bed
i s  i m p o r t a n t  b e c a u s e  i t  a f f e c t s  t h e  c a t a l y s t  c o n c e n t r a t i o n .
The  co ld  inner  sur face  o f  the  d iges ter  i s  a l so  a  source  o f
condensate . I n  t h i s  s m a l l - s c a l e  s t u d y ,  t h e  d i g e s t e r - t o -
charge mass rat io is  much greater  than i t  would be in
a commercial  unit .

To gather meaningful  data, i t .  was necessary to separate
the digester  condensate from the chip condensate using
a  c h i p  c o n t a i n e r  ( F i g . 3)- -a  can with a  c losed bottom, and
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a  wal l  made  pr imar i ly  o f  sc reening  (A) .  The  can  i s  equipped
with a removable false  bottom (B)  to drain the chips and
hold them above the l iquid accumulating in the bottom. The
lower  por t ion  has  suf f i c i ent  vo lume to  ho ld  the  l iquor  tha t
dra ins  f rom the  ch ips . T h e  l i d  ( C )  f o r  t h e  c o n t a i n e r
d iver t s  any  condensa te  dr ipping  f rom above .  The  condensa te
accompanying the incoming steam and that  result ing from
d i g e s t e r  h e a t i n g  f a l l s  t o  t h e  b o t t o m  o f  t h e  d i g e s t e r  a n d  i s
removed by  the  sparge  l ine  (F ig .  4 ) . With the valving
arrangement, i t  i s  not  poss ib le  to  remove  a l l  condensate
from the main steam l ine without admitt ing steam to either
t h e  i n s i d e  o r  t h e  j a c k e t  o f  t h e  d i g e s t e r . A large amount
of  condensate accumulates  in the steam l ine when the equip-
m e n t  i s  i d l e . This  i s  d i scharged  by  opening  the  va lve  to
the  j acke t  be fore  admit t ing  s team to  the  ch ips . T h i s
r e s u l t s  i n  a  p r e h e a t i n g  ( i n d i r e c t l y )  o f  t h e  c h i p s  f o r  a b o u t
3 minutes, wi th  the  tempera ture  in  the  vapor  space  r i s ing
to 100°C. Fo l lowing  the  re lease  o f  th i s  accumula ted  con-
d e n s a t e , s team i s  admit ted  d i rec t ly  in to  the  inner  space ;
t h i s  i n s t a n t  i s  t a k e n  a s  t i m e  z e r o .

F igure  3 . Chip  conta iner  for  prehydro lys i s  s tudies .

The  xy lose  y ie ld  data  per ta in ing  to  d iges ter  runs  1 -18
i s  compared  wi th  ca lcu la ted  y ie lds  in  F igure  5 . The lower
curve  o f  xy lan  removal  (F ig . 5  u p p e r ) ,  c o r r e l a t e d  a s  p r e -
v i o u s l y  d e s c r i b e d , is  the sum of  two exponential  terms,
s p e c i f i c a l l y :

XR = xylan remaining in residue,  %
= 88.5 exp(- 0 . 7 1 3 t )  +  1 1 . 5  e x p ( -  0 . 0 3 7 8 t ) ( 4 )

where t = t ime (min) ,

T h i s  a n a l y t i c a l  e x p r e s s i o n  f o r  t h e  l i b e r a t i o n  o f
x y l o s e , together  with the acid concentrat ion of  0 .17% H2S O4 
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Figure  4 . Schematic  diagram of  prehydrolysis  equipment.
(ML84 5466)

(pH = 1.77) and the L/S, w a s  s u f f i c i e n t  t o  c a l c u l a t e  t h e
y i e l d  f o r  x y l o s e  i n  s o l u t i o n  ( F i g .  5  u p p e r ) . The  ca l cu la ted
maximum yield was 86.2% occurring at  8  minutes;  the experi-
mental  data indicate  a  maximum yield of  83.8% at  6  minutes,
with the yield at  9  minutes being 83.5%. The  logar i thmic
sca le  obscures  the  f i t  o f  the  da ta ;  a  much  more  c r i t i ca l
presenta t ion  i s  made  in  F igure  5  lower . The percentage of
xy lose  reac ted  i s  the  sum of  the  xy lan  in  the  res idue  and
xylan  in  so lu t ion  subt rac ted  f rom 100 . These  ca l cu la ted
values are compared to the calculated amount of  xylose
r e a c t e d  ( t h e  c u r v e  i n  F i g .  5  l o w e r ) . Al l  the  in format ion
in  F igure  5  lower  i s  conta ined  in  F igure  5  upper ,  but  the
lower  por t ion  i s  a  more  s t r ingent  t es t  o f  the  data .

The  large  var ia t ions  be tween  the  exper imenta l  po ints
shown in Figure 5 lower are to be expected since they are
v e r y  s e n s i t i v e  t o  e r r o r s  i n  t h e  x y l o s e  d e t e r m i n a t i o n . The
o r d i n a t e , “Xylose Reacted,” i s  t h e  d i f f e r e n c e  o f  t w o  l a r g e
numbers, one of  which is  dependent on three separate
a n a l y s e s  f o r  x y l o s e . Most  o f  the  exper imenta l  va lues  fa l l
above  the  ca l cu la ted  quant i ty  o f  xy lose  decompos i t ion- - tha t
i s , x y l o s e  r e a c t e d . The data would be best  represented by
assuming an acid concentrat ion of  0 .2% rather  than the
value of  0 .17%,  which was used. This  d i f fe rence  was  judged
t o  b e  w i t h i n  t h e  l i m i t s  o f  e r r o r  f o r  t h i s  g r o u p  o f  e a r l y
r u n s , and  i t  was  conc luded  tha t  the  prehydro lys i s  i s
adequate ly  descr ibed  by  the  above  ana lys i s ,

The  ear ly  runs  (1 -18 )  had  an  ac id i ty  cons iderab ly  lower
than the desired pH of  1 .45. Runs 19-21 with ful ly impreg-
nated oak chips were closer  to the desired pH. There was
a changing acidity during the cook--at  6  minutes the pH was
1.37,  corresponding to 0 .417% H2S O4;  by 12 minutes the PH
rose  to  1 .46  or  an  equi va l e n t  ac i d  con ce n t r a t i on  o f  0 . 338% .
T h e  a v e r a g e  e f f e c t i v e  a c i d  c o n c e n t r a t i o n  o v e r  t h e  i n t e r v a l
6 to 12 minutes was 0.38% (pH = 1.42).

T h e  p l o t s  f o r  r u n s  1 9 - 2 1  ( F i g .  6 )  a r e  s i m i l a r  t o  t h o s e
f o r  r u n s  1 - 1 8 . I n  t h i s  c a s e , the  removal  curve  equat ion  i s :

XR = 87.0 exp(-0.914t) + 13.0 exp(- 0.0815t) ( 5 )
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Figure  5 . Yields of  xylan and xylose over t ime (upper)
and xy lose  reac ted  over  t ime  ( lower)  in  prehydrolys i s  o f
s o u t h e r n  r e d  o a k ,  r u n s  1 - 1 8 ,  1 7 0 ° C ,  p H  -  1 . 7 7 . S o l i d
l i n e s  a r e  c a l c u l a t e d . (ML84 5473)

F igure  6 . Y ie lds  o f  xy lan  and xy lose  over  t ime  (upper ) ,
and  xy lose  reac ted  over  t ime  ( lower)  in  prehydrolys i s  o f
southern red oak,  runs 19-21,  170°C,  pH = 1 .42. S o l i d
l i n e s  a r e  c a l c u l a t e d . (ML84 5474)

The maximum calculated xylose yield is  84.5% occurring
a t  6  m i n u t e s , whereas the measured maximum is 84.6% at
6 minutes . The  exper imenta l  va lues  o f  xy lose  reac ted  agree
very  wel l  wi th  those  ca lcu la ted  (F ig .  6  lower ) .
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SECOND STAGE (HYDROLYSIS)

I n  t h e  p a s t , the  usua l  procedure  for  es t imat ing  g lucose
y ie ld  f rom ce l lu lose  hydro lys i s  was  e lementary . I t  was
assumed the system could be modeled simply as two consecu-
t i v e  r e a c t i o n s , each  proceeding  a t  the  ra te  predic ted  by
t h e  c o r r e l a t i o n s  g i v e n  b y  S a e m a n  ( 1 1 ) .  H o w e v e r ,  t h i s  f a i l s
to  take  in to  account  revers ion  reac t ions  and  o ther  proper -
t i e s  o f  c e l l u l o s e .

T h e  r e v e r s i o n  r e a c t i o n s  e n t e r  i n t o  t h e  c o n s i d e r a t i o n s
in two ways. O n e  i s  t h e  e f f e c t  o f  t h e i r  p r e s e n c e  o n  t h e
i n t e r p r e t a t i o n  o f  t h e  e x p e r i m e n t a l  r e s u l t s . The second is
t h a t  t h e  r e v e r s i o n  r e a c t i o n s  a l s o  e n t e r  i n t o  t h e  c a l c u l a -
t i o n  o f  s u g a r  y i e l d s  f r o m  c e l l u l o s e  s i n c e  t h e y  a f f o r d  p r o -
tect ion for  some of  the reducing end groups and thus s low
degradat ion .

Other  than  degradat ion  ra te ,  there  a re  two  addi t iona l
p r o p e r t i e s  o f  t h e  c e l l u l o s e  t h a t  h a v e  a n  e f f e c t  o n  g l u c o s e
y i e l d . One is  the amount of  readily hydrolyzed material
c o n t a i n e d  i n  t h e  c e l l u l o s e ;  e v e n  i n  n a t i v e  c e l l u l o s e ,  t h i s
i s  a  s i g n i f i c a n t  p o r t i o n  o f  t h e  t o t a l . The second is  the
bas ic  proper ty  o f  ce l lu lose  which  lowers  the  ac id i ty  o f  the
r e a c t i o n  m i x t u r e ; the  ca ta ly t i c  hydrogen  ion  i s  a  func t ion
of  the  concent ra t ion  and  amount  o f  the  appl ied  ac id ic
so lu t ion  and  the  neut ra l iz ing  power  o f  the  ash .

PROCESS CONCEPTS

Using  the  prehydro lys i s  da ta  descr ibed ,  and  data
gathered at  the Forest  Products  Laboratory over many years
to  augment  the  ce l lu lose  hydro lys i s  model ,  the  fo l lowing
c o n c e p t s  f o r  t w o - s t a g e  d i l u t e  a c i d  c e l l u l o s e  h y d r o l y s i s
were proposed,

First Stage

Hydrolyzer Type. T h e  b e s t  r e a c t o r  c h o i c e  f o r  t h e
f i r s t  s tage  seems  to  be  a  tubular  vesse l  equipped wi th
a screw auger to move the chips and provided with drainage
holes  for  the  escape  o f  l iqu id  dur ing  the  heatup  per iod .
Cont inuous  tubular - type  d iges ters  current ly  used  in  the
pulping industry could perhaps be adapted.

P r o c e s s i n g  A l t e r n a t i v e s . The distr ibution of  the wood
components  throughout  prehydro lys i s  i l lus t ra tes  an  impor tant
point  about  the  process  (Tab le  1 ) . T h e  t o t a l  p o t e n t i a l
carbohydrates  are  approx imate ly  one- th i rd  so lub i l ized  and
t w o - t h i r d s  i n  t h e  r e s i d u e  ( T a b l e  2 ) .  H o w e v e r ,  y i e l d s  i n  t h e
second stage are known to be very low; not more than 50% of
the  carbohydrates  in  the  prehydro lysa te  res idue  wi l l  be
obta ined  f rom the  ce l lu lose  hydro lys i s . Consequent ly ,  the
y ie ld  o f  carbohydrates  f rom the  second-s tage  hydro lys i s  wi l l
be only about 20 kg/100 kg OD wood, which is less than that
obta ined  in  the  prehydro lysa te . I t  i s  a l s o  a p p a r e n t  t h a t
t h e  t o t a l  s o l u b l e  s o l i d s  c o n t e n t  o f  t h e  p r e h y d r o l y s a t e  i s
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cons iderab ly  grea ter  than  tha t  o f  the  second-s tage  hydro ly -
s a t e . I t  is  obvious that  the manner in which the prehy-
dro lysa te  i s  u t i l i zed  has  a  ma jor  e f fec t  on  the  economic
v i a b i l i t y  o f  t h e  o v e r a l l  p r o c e s s . Unfor tunate ly ,  f ew
o p t i o n s  e x i s t ; only four products  seemed worthy of  consid-
e r a t i o n : e t h a n o l , s i n g l e - c e l l  p r o t e i n ,  f u r f u r a l ,  a n d  f e e d
molasses .

Tab le  1 . Analys i s  o f  southern
Michx.)

red  oak  (Quercus  fa l ca ta
wood samples

Table  2 . M a t e r i a l  b a l a n c e  o f  f i r s t - s t a g e  p r e h y d r o l y s i s  a t
react ion condit ions of  170°C,  L/S = 1 .5 ,  pH = 1 .45,  11  min
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Ethanol  would  be  pre fer red  s ince  i t s  product ion  i s  the
pr imary  goa l . The ethanol  production could perhaps be
almost  doubled by fermentation of  the xylose and glucose in
the  prehydro lysa te . Unfor tunate ly ,  there  i s  no  commerc ia l
p r o c e s s  a v a i l a b l e  t o  c o n v e r t  x y l o s e  t o  e t h a n o l . S i g n i f i c a n t
progress  i s  be ing  made  a long  th i s  l ine  (3 ,6 ,14 ) ;  however ,
the  l ead  t ime  required  for  commerc ia l iza t ion  o f  the  proposed
process  makes  i t  untenable  a t  the  present .

At the moment,  molasses, marketed as an animal feed,
appears  to  be  the  pre ferred  way  of  u t i l i z ing  the
p r e h y d r o l y s a t e .

F i r s t - S t a g e  P r o c e s s  D e s c r i p t i o n . F igure  7  presents
a f low diagram f o r  t h e f i r s t  s tage  based  on  molasses  as  the
hemice l lu lose  product . The  quant i t i e s  assoc ia ted  wi th  each
numbered  s t ream are  l i s ted  in  Table  3 .

Fur fura l  Recovery . D u r i n g  p r e h y d r o l y s i s ,  f u r f u r a l  i s
unavoidably produced. I f  n o t  r e c o v e r e d , i t  i s  a  c o n t a m i n a n t
in  the  fe rmenta t ion  and  a  po l lu tant  in  the  e f f luent . The
y i e l d  o f  f u r f u r a l  d u r i n g  p r e h y d r o l y s i s  i s  a  f u n c t i o n  o f
t ime. Under condit ions the same as those in Table 2 ,  maxi-
mum xylose yield occurs at  about 6  minutes,  at  which t ime
the furfural  yield is  0 .8% based on OD wood,  and i t  is  pre-
sent  in  the  prehydro lysa te  a t  a  concent ra t ion  o f  0 .4%.

Fur ther  cons idera t ion  o f  fur fura l  product ion  l eads  to
t h e  c o n c l u s i o n  t h a t  i t  i s  e c o n o m i c a l l y  b e n e f i c i a l  t o  e x t e n d
the duration of  the prehydrolysis  and thus produce more
f u r f u r a l .

Opt imiz ing  fur fura l  y ie ld  requires  more  deta i led  p lant
des ign  and  o ther  da ta  than  are  present ly  ava i lab le . I t  i s
assumed that maximum furfural yield would be near the point
of  maximum xylan uti l izat ion - - t h a t  i s ,  t h e  p o i n t  a t  w h i c h
the  to ta l  molar  y ie ld  o f  xy lose  and  fur fura l  i s  a t  a  maxi -
mum. This  is  reached at  a  t ime of  10.2  minutes when xylan
u t i l i z a t i o n ,  a s  d e s c r i b e d  a b o v e ,  i s  9 1 . 3 %  a n d  t h e  y i e l d  o f
furfural  (on wood) is  1 .5%,  or  about twice that  at  maximum
x y l o s e  y i e l d . A t  t h i s  l e v e l , furfural  production from an

800-tonne/day hydrolysis  plant  would be 4 .2  x  10
6 kg/year.

Acetic  Acid Recovery and Molasses  Quali ty. Recovery
o f  a c e t i c  a c i d  i s  e c o n o m i c a l l y  v i a b l e  b e c a u s e  o f  i t s  e f f e c t
on  product  (molasses )  qua l i ty  and  e f f luent  t rea tment  cos t s .

Wood molasses must compete with blackstrap molasses.
Although there are no market standards, wood molasses must
have approximately the same carbohydrate,  nitrogen,  and ash
content  as  b lacks t rap  molasses . The ash content of wood
molasses  has  three  sources :
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Figure  7 . B lock  d iagram of  the  f i r s t - s tage  process ing .
(ML84 5475)

Table  3 . Components in the streams of  Figure 7 ,
f i r s t - s t a g e  p r o c e s s i n g
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· The original ash of the wood.

· The sulfuric acid added for hydrolysis and the base
r e q u i r e d  f o r  i t s  n e u t r a l i z a t i o n .

· The base required for neutralization of the acetic
and  uronic  ac ids  l ibera ted  on  hydro lys i s .

F o r t u n a t e l y , with the process scheme shown in
F igure  7 ,  the  ash  content  o f  the  molasses  can  be  brought
to  an  acceptab ly  low leve l  wi thout  us ing  l ime- - the  process
depends on minimizing acid consumption in the prehydrolysis ,
par t ia l ly  neutra l iz ing  wi th  NH3,  and removing some of  the
ace t i c  ac id  dur ing  evapora t ion . The ash and nitrogen
content  of  the product  would be less  than that  commonly
found in  b lacks t rap  molasses .

Second Stage

Hydrolyze  Type . From the prehydrolysis  process
d e s c r i b e d the  subs t ra te  would  be  a  f ine ly  d iv ided ,  f ibrous ,
p u l p l i k e  m a t e r i a l . Wi th  such  mater ia l , the  second-s tage
hydrolyzer would have to be continuous.  Commercial ly
ava i lab le  equipment  has  not  been  tes ted  a t  p i lo t  or  semi -
commerc ia l  s ca le , but  s ign i f i cant  progress  i s  be ing  made  in
i t s  d e v e l o p m e n t  ( 1 , 2 , 5 , 8 ) . For  the  subsequent  process  ca l -
c u l a t i o n s , i t  has been assumed that  i t  would be possible  to
feed  a  mix ture  wi th  an  L/S  o f  2 .  Af ter  hea t ing  wi th  d i rec t
s team,  the  L/S  would  r i se  to  3 ;  and  a f te r  hydro lys i s ,  a t
d i s c h a r g e , the L/S would be about 7.

P r o c e s s i n g  A l t e r n a t i v e s . A  mater ia l s  ba lance  for  the
second -s tage  hydro lys i s  was  ca l cu la ted  (Tab le  4 ) .

A b o u t  o n e - h a l f  o f  t h e  c h a r g e  i s  s o l u b i l i z e d  ( T a b l e  4 ) .
Al though the  res idue  i s  pr imar i ly  l ign in ,  i t  conta ins  more
t h a n  a  q u a r t e r  o f  t h e  o r i g i n a l  p o t e n t i a l  c a r b o h y d r a t e s ;
t h e r e f o r e , i t  has  a  composit ion of  around 30% carbohydrate .
T h e  o u t s t a n d i n g  p r o p e r t y  o f  t h e  s o l u b l e  s o l i d s  i s  t h e  r a t i o
of  glucose to other components . Notice  that  only 61% of
t h e  t o t a l  s o l u b l e  m a t e r i a l  i s  f r e e  g l u c o s e . The  y ie ld  o f
f r e e  g l u c o s e  i s  o n l y  4 8 . 5 %  o f  t h a t  p o t e n t i a l l y  a v a i l a b l e .
The major nonglucose component is  the reversion material ,
which is  also a  carbohydrate  product  and could conceivably
b e  u t i l i z e d  a s  s u c h . The  organic  ac ids  a re  a l so  prominent ,
and they are of  great  importance in the economics of
p r o c e s s i n g . The  ma jor  ac id ic  component  i s  ace t i c  ac id ,
comprising about 60% of  the organic  acids on a  weight  basis
and about the same on a molar basis. T h e  a c e t i c  a c i d  i s
incomple te ly  removed in  the  prehydro lys i s ;  25% i s  re ta ined
b y  t h e  f i r s t - s t a g e  s o l i d s  ( T a b l e  2 ) .  T h i s  f i g u r e  i s  p r o b -
ab ly  h igh ;  some subsequent  exper iments  indica te  tha t  i t  i s
16%. Even  a t  the  lower  va lue ,  the  ace t i c  ac id  i s  a  prom-
inent  impur i ty  in  the  second-s tage  hydro lysa te . HMF, which
l i k e  f o r m i c  a c i d , i s  t o x i c  i n  t h e  f e r m e n t a t i o n ,  i s  p r e s e n t
i n  l a r g e  q u a n t i t y . Table 4  makes i t  apparent  that  the
g lucose ,  which  i s  ob ta ined  in  on ly  modera te  y ie ld  (48 .4%) ,
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is  accompanied by a large amount of  impurit ies  (nonglucose
components = 12.0 kg/100 kg OD wood).

Tab le  4 . Mater ia l  ba lance  o f  second-s tage  hydro lys i s  a t
r e a c t i o n  c o n d i t i o n s  o f  2 3 0 °  C , 0.8% (added) H2S O4 L/S = 3

Second-S tage  Process  Descr ip t ion . The flow plan and
stream composit ions for  the  second s tage  o f  the  process  a re
described by Figure 8 and Table 5 . Despi te  i t s  apparent
s impl i c i ty ,  se r ious  ques t ions  can  be  ra i sed  about  the  prac -
t i c a l i t y  o f  a l m o s t  a l l  t h e  s t e p s . Cer ta in  problems  require
fur ther  inves t iga t ion  be fore  p lant  des ign  can  be  cons idered .

MATERIAL AND ENERGY BALANCES

The input and output of  materials  for  the two-stage
hydrolysis  process are shown in Table 6 . F i g u r e s  9 ,  1 0 ,
and 11 show the distr ibution of  organics ,  water ,  and energy.
Both the table and figures are based on 100 kg of OD wood
e n t e r i n g  t h e  f i r s t - s t a g e  h y d r o l y z e .

The wood is assumed to be southern red oak of a compo-
s i t ion  g iven  in  Tab le  1  ( sample  3 )  and  a  h igher  hea t ing
va lue  o f  19 .77  MJ/kg  (8 ,500  B tu/lb ) .  The  process  mater ia l
delivered from wood preparation is  reduced to 9.5-mm chips
which are bark free and composed of 50% moisture. The bark
and some addit ional  fuelwood are sent  to the boiler . I t  i s
assumed that  after  impregnation the acid was uniformly
dis t r ibuted  throughout  the  ch ip  so  tha t  the  y ie lds  on  pre -
hydrolysis  are those shown in Table 2 . The water  content
of  the prehydrolysate is  kept to a minimum by recycling
ac id  so lut ion  form prehydro lys i s  for  impregnat ion  o f  ch ips .
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Figure  8 . B lock  d iagram of  the  second-s tage  process ing .
(ML84 5469)

Condit ions of  the prehydrolysis  are assumed to be the
same as  those  ind ica ted  in  Tab le  2 . The  ac id  required  to
maintain a  pH of  1 .45 depends on the ash content  of  the
wood. This  is  assumed to be 0 .72%, which is  the value
found for  the  par t i cu lar  sample  used  in  th i s  s tudy .
Res idence  t ime  in  the  prehydro lyzer  i s  12 -14  minutes ,
result ing in a  maximum summative yield of  xylose and fur-
f u r a l . In  the  second s tage ,  the  t empera ture  i s  230°C ,
pH = 1 .3 ,  and  res idence  t ime  i s  35 -40  seconds . To decrease
t h e  e f f l u e n t  l o a d , t h e  r e a c t i o n  t i m e  i s  s e t  a t  l e s s  t h a n
that  required to attain maximum glucose yield. Y i e l d s  f o r

Table  5 . Components in the streams of  Figure 8 ,
second-s tage  process ing
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the various products  from the cel lulose hydrolyzer are shown
in  Tab le  4 .

Tab le  6 . Input -output  for  two-s tage  hydro lys i s

It  was assumed that  95% of  the soluble sol ids were
recovered in each of  the washing units . B o i l e r  e f f i c i e n c y
was taken as 60%, and the  e f f i c iency  o f  the  fe rmenta t ion
as 95%.

Figure 9  shows the f low of  organics  through the
p r o c e s s . Notice that 100 kg of OD wood contains 99.3 kg of
o r g a n i c  m a t t e r  s i n c e  t h e  w o o d  h a s  a  0 . 7 %  a s h  c o n t e n t .  O f
the  to ta l  carbon  charged  (59 .1  kg) ,  37% i s  in  the  market -
ab le  products , most  of  which is  contained in the molasses ;
on ly  7 .7% o f  the  to ta l  carbon  charged  i s  conta ined  in  the
e t h a n o l . Most  of  the remainder leaves as  carbon dioxide
from combustion and fermentation,  but  1 .3% is  present  in
e f f l u e n t  s t r e a m s .

T h e  n e c e s s i t y  o f  t h e  a n c i l l a r y  p r o c e s s i n g  s t e p s  t o
r e d u c e  t h e  p o l l u t i o n  l o a d  i s  c l e a r l y  e v i d e n t  ( F i g .  9 ) .  I f
the  fur fura l -ace t i c  ac id  recovery  and  evapora t ion  combust ion
uni ts  were  de le ted , the waste streams would contain more
than 13% of  the carbon charges. Fur fura l  and  ace t i c  ac id
removal  decreases the eff luent  load by 90% to about 1 .3%.
I t  i s  probable  tha t  the  e f f luent  load  could  be  reduced
s t i l l  f u r t h e r  b e c a u s e  t h e r e  i s  a  p o s s i b i l i t y  t h a t  s o m e  o f
the  e f f luent  f rom the  recovery  uni t  could  be  recyc led  in to
the  process . The biological oxygen demand (BOD) from an
800-tonne/day plant would be about 16,000 kg/day (from
F i g .  9 ) .
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The  water  content  o f  the  e f f luent  s t reams  i s  shown
( F i g .  1 0 )  a s  p a r t  o f  t h e  d i s t r i b u t i o n  o f  p r o c e s s  w a t e r
(coo l ing  water  not  be ing  cons idered) .  The  to ta l  vo lume o f
fou l  condensa te  i s  modera te :  fo r  an  800  tonne/day  p lant ,

3 m 3/day .   Th is  resu l t s  f rom theit  would be about  2 .3  x  10
low water  input  to  the  process ,which  amounts  to  on ly  

4.2 m3/tonne of wood.

The  process  hea t  requirements  are  about  50% grea ter
t h a n  t h e  h e a t  a v a i l a b l e  f r o m  t h e  l i g n i n  r e s i d u e  ( F i g .  1 1 ) .
The addit ional  energy requirement is  supplied from bark and

Figure  9 . Dis t r ibut ion  o f  organics  through  two-s tage
h y d r o l y s i s . Numbers in parentheses are kg of  carbon;
o thers  a re  kg  o f  organics .  (ML84  5470 )

F igure  10 . Dis t r ibut ion  o f  process  water  through  two-s tage
h y d r o l y s i s . Al l  numbers  are  kg  o f  water .  (ML84  5471)

r i a l  e n t e r i n g  w o o d  p r e p a r a t i o n  i s  s e n t  t o  t h e  b o i l e r .   N o
elec t r i c i ty  needs  were  cons idered .

addi t iona l  fue lwood.  As  ind ica ted ,  about  16% of  the  mate -
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Figure  11 . Dis t r ibut ion  o f  energy  through  two-s tage
h y d r o l y s i s . Numbers in parentheses are MJ of  enthalpy of
organics  contained in stream; other numbers are MJ of
enthalpy of  steam. Heat  loss  from unit  is  shown as  ~
(ML84 5472)

The heat  consumed in a  part icular  unit  may be supplied
e i ther  by  ox idat ion  o f  organics  or  f rom the  entha lpy  o f
fermenta t ion- -both  the  potent ia l  energy  content  o f  organics
and the heat  content  of  the steam are consumed. The sum of
steam consumed in the furfural-acet ic  acid recovery and
evaporation-combustion units  is  279 MJ,  which is  40% of  the
steam generated.

Although more steam enters  the second-stage hydrolyze
than any other  unit , i ts  energy consumption is  the lowest .
Th is  i s  because  i t  i s  c red i ted  wi th  the  la rge  amount  o f  low-
pressure  s team recovered  f rom the  second-s tage  f lash  uni t .
The  d ischarge  f rom the  reac tor  i s  f l ashed  to  a tmospher ic
pressure  in  two s teps . The higher pressure steam is  used
i n  t h e  f i r s t - s t a g e  p r e h y d r o l y s i s , and the atmospheric steam
i s  s e n t  t o  t h e  e v a p o r a t o r s . O n  t h e  b a s i s  o f  a v a i l a b l e
energy,  the second-stage hydrolyzer is  the major consumer.

COMPARISON WITH THE PERCOLATION PROCESS

Both  the  two-s tage  and  perco la t ion  sacchar i f i ca t ion
processes  can  be  cons idered  to  be  reasonably  near  the  po int
of  commerc ia l  explo i ta t ion . The work presented here on the
two-stage process  was undertaken on the supposit ion that
many  o f  the  d i sadvantages  inherent  in  the  perco la t ion
process (7)  could be overcome. This  has proved to be true,
but  to  a  l e sser  ex tent  than  i t  had  been  hoped . T h e  f o l -
lowing  d i scuss ion  compares  the  two  processes .  A  s ign i f i cant
advantage  o f  the  two-s tage  process  i s  the  h igh  concent ra t ion
of  the  product  so lu t ions . As  ind ica ted  in  our  ana lys i s ,  the
s o l u t i o n  f r o m  t h e  f i r s t  s t a g e ,  w h i c h  c o n t a i n s  t h e  l a r g e s t
q u a n t i t y  o f  s o l u b i l i z e d  m a t e r i a l ,  h a s  a  t o t a l  s o l i d s
c o n c e n t r a t i o n  o f  1 8 % , wi th  a  xy lose  concent ra t ion  o f  7 .5%.
Assuming the development of  suitable equipment,  the second-
s t a g e  s o l u t i o n  c o n t a i n s  a  t o t a l  s o l i d s  c o n c e n t r a t i o n  o f
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16.7% and a glucose content  of  10%. These  concent ra t ions
are  a t  l eas t  double  those  obta ined  f rom perco la t ion . The
energy consumption and equipment size for  subsequent pro-
cess ing  s teps  are  roughly  ha lved  by  two-s tage  process ing .
However, t h e  c a p i t a l  r e q u i r e m e n t s  f o r  t h e  h y d r o l y s i s  i t s e l f
are  not  grea t ly  reduced . I n  t h e  p e r c o l a t i o n  p r o c e s s ,  p r e -
h y d r o l y s i s ,  s a c c h a r i f i c a t i o n , and washing are al l  done in
a  s i n g l e  v e s s e l . In  two-s tage  opera t ion ,  two  reac tors  and
two sets of washing equipment are needed. T h e  n e t  d i f f e r -
ence  for  both  equipment  and  energy  cos t  for  hydro lys i s  i s
o n l y  s l i g h t l y  i n  f a v o r  o f  t h e  t w o - s t a g e  p r o c e s s . For
e thanol  product ion  the  energy  requirements  o f  two-s tage
opera t ion  should  be  about  40% less  than  the  perco la t ion
process ,  and  equipment  cos t ,  about  25% less .

The  pur i ty  o f  the  so lut ions  genera ted  by  the  two-s tage
process  i s  cons iderab ly  be t te r  than  tha t  obta ined  by  per -
c o l a t i o n . The  separa t ion  be tween  the  hemice l lu lose  carbo-
hydra tes  and  the  g lucose  i s  much  be t te r ,  and  the  ra t io  o f
degradat ion  products  to  carbohydra tes  i s  lower .

The  advantages  o f  the  two-s tage  process  a re  o f f se t  to
some ex tent  by  the  h igher  y ie lds  o f  the  perco la t ion  process .
The yield advantage depends both on the type of wood being
cons idered  and  the  subsequent  process ing  o f  the  so lu t ion .

Unfor tunate ly , a v a i l a b l e  d a t a  o n  t h e  p e r c o l a t i o n
process  re la te  pr imar i ly  to  so f twoods ,  and  y ie lds  are  g iven
e i ther  as  to ta l  sugars  obta ined  or  as  recovered  e thanol .
No data are  avai lable  on the changing concentrat ion and
compos i t ion  o f  the  product  so lu t ion . The carbohydrate
yields from each of  the component fract ions of  the wood--
h e m i c e l l u l o s e  a n d  c e l l u l o s e - - a r e  u n k n o w n .  B e c a u s e  o f  t h i s ,
the  y ie ld  compar i sons  g iven  be low are  uncer ta in  es t imates ,
but  some po in ts  for  cons idera t ion  are  brought  out .

The southern red oak used in this  study contains 37.8%
anhydroglucose and 18.4% anhydroxylose (Table 1 ,  sample 3) .
On  hydro lys i s ,  these  y ie ld  42 .0% g lucose  and  20 .9% xy lose ,
a  to ta l  o f  62 .9%.  potent ia l  sugars  on  the  bas i s  o f  the  wood.
Complete  conversion to ethanol  would result  in  420 L of
190-proof ethanol/tonne of wood--28O L from glucose and
140 L from xylose.

When only glucose is  considered to be fermentable to
e t h a n o l , the ethanol  produced in the two-stage process
(F ig .  9 )  i s  8 .70  kg/100  kg  o f  process  wood,  which  i s
equivalent  to  114 L/tonne. The  e thanol  y ie ld  i s  40 .7% of
t h a t  t h e o r e t i c a l l y  a v a i l a b l e  f r o m  t h e  p o t e n t i a l  g l u c o s e
of the wood. By  the  perco la t ion  process ,  the  es t imated
ethanol  production is  124 L/tonne,  about  9% greater  than
that  obta ined  by  two-s tage  process ing . The yield by per-
c o l a t i o n  i s  4 4 %  o f  t h a t  t h e o r e t i c a l l y  a v a i l a b l e . T h e  e f f i -
c i e n c y  o f  s a c c h a r i f i c a t i o n  i n  p e r c o l a t i o n  i s  a c t u a l l y  m u c h
greater  than this ,  probably about 55-60%, but  much of  the
glucose produced accompanies the hemicel lulose stream and
could not  be economical ly processed to ethanol . The perco-
lation method, operating on hardwood and producing ethanol
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f rom the  g lucose - r i ch  f rac t ion  on ly ,  would  have  a  y ie ld
advantage over two-stage processing.

I f  i t  i s  a ssumed tha t  xy lose  as  we l l  a s  g lucose  can  be
fermented  to  e thanol  wi th  equal  e f f i c iency ,  the  perco la t ion
process has a  much greater  yield advantage. Th is  i s  because
the  xy lose - ferment ing  organism would  a l so  u t i l i ze  g lucose ,
and  the  poor  separa t ion  o f  the  sugars  i s  inconsequent ia l .
Using this  assumption, t h e  p e r c o l a t i o n - p r o c e s s  y i e l d  i s
est imated at  267 L/tonne and two-stage operat ion
234 L/tonne,  a  14% yield advantage for  percolat ion.

Yie lds  for  two-s tage  process ing  are  cons iderab ly
higher  i f  i t  i s  assumed tha t  the  revers ion  mater ia l  can  be
conver ted  to  e thanol . I f  th i s  were  the  case ,  133  L/tonne
could  be  obta ined  so le ly  f rom the  g lucose  f rac t ion . T h i s
increase  o f  19  L/tonne  f rom the  o l igomers  reverses  the
ranking and gives two-stage processing a  7 .3% advantage
under  the  suppos i t ion  tha t  xy lose  i s  not  f e rmentab le  to
e t h a n o l . I f  i t  i s  a s s u m e d  t h a t  a l l  c a r b o h y d r a t e s  ( x y l o s e ,
g l u c o s e , and  revers ion  products )  a re  fe rmentab le ,  the
perco la t ion  process  has -a  5 .5% grea ter
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